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ABSTRACT
This thesis is based on seven publications concerning efficiencies in distillation and reactive
distillation.
A new model for the prediction of the numbers of the vapor and liquid phase transfer units, which
are used in efficiency calculation, has been developed. The model has been tested together with several
other efficiency prediction methods against performance data of an industrial-scale i-butane/n-butane
fractionator.
The effect of the liquid flowpath length on efficiencies is studied. The Murphree tray efficiencies
are calculated for one-pass and two-pass trays in order to assess the effect of varying liquid flowpath
lengths. Industrial data from the i-butane/n-butane fractionator and from the MTBE purification
column have been used.
Calculation methods for the numbers of transfer units (NTUs) on a distillation tray are reviewed
and compared. The methods consist of a group of empirical or theoretical correlations for calculating
clear liquid height, froth height, and residence times.
Experiments have been carried out with a laboratory reactive distillation column using two types
of catalyst packings, one with low and one with high separation efficiency. The systems that were
studied were the equilibrium controlled decomposition of tert-amyl methyl ether (TAME) and the
kinetically controlled TAME formation. The results are compared with rigorous simulations, and the
catalytic efficiencies are determined.
A method for optimizing the catalyst placement in the column is presented and tested for the
production of TAME. In principle, the method determines the separation efficiency of the catalyst
packing for each column section. A rate-based reactive distillation simulation model is used to assess
the feasibility of five different catalyst packing arrangements for the production of TAME.
Catalytic distillation as a potential process design for the production of TAME and higher
methanol ethers from the olefin rich FCC light gasoline stream is presented and compared to two other
process designs. High- and low-separation-efficiency catalyst packing arrangements are compared too.
The feasibility of the processes is assessed both technically and economically.
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1.

INTRODUCTION

Distillation is the most important separation method in the refinery and chemical industry. In terms of
installed capacity and energy usage, the commitment of the process industry to this unit operation is
enormous. In the USA, for example, the energy consumed by distillation is equivalent to about 7.5% of
the total U.S. oil consumption.
In designing an industrial distillation column, the knowledge of the theory of the distillation
efficiencies and the ability to estimate efficiencies are of paramount importance, since the savings in
the capital and operation costs may be remarkable. At first the number of theoretical trays and the
energy required for distillation are determined, and then the efficiencies are introduced to design a real
column with a real number of trays. Depending on the accuracy and reliability of the efficiencies, a
certain number of additional trays are used in practice. Although the theory of distillation is well
known, the estimation methods for efficiencies are still relatively inaccurate.
Reactive distillation is a combination of a unit process, chemical reaction, and a unit operation,
distillation. It especially suits those chemical reactions in which the reaction equilibrium limits the
conversion. The reaction products are removed continuously from the reaction section allowing the
reaction to proceed to a higher level of conversion than otherwise possible. Another reason for using
reactive distillation is to suppress unwanted side reactions by removing the desired product that would
otherwise react to an undesired product. The most important application of reactive distillation is the
production of fuel ethers.
In reactive distillation the catalytic efficiency of the catalyst packing can be defined as the ratio of
the actual catalytic performance to the ideal catalytic performance. The separation efficiency is a
measure of the distillation function of the catalyst packing. For the equilibrium limited systems, a highseparation-efficiency catalyst packing is advantageous. However, if the system is strongly kinetically
controlled, i.e. reactions are slow and equilibrium is not easily reached, it is not reasonable to use highseparation-efficiency catalyst packings.
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2

DISTILLATION EFFICIENCIES

A comprehensive survey of distillation efficiencies is presented in Paper 1. All distillation efficiency
fundamentals are considered in some detail. The binary distillation efficiency definitions, the factors
affecting binary efficiencies, and the binary efficiency prediction and scale-up methods are presented
and discussed. Multicomponent distillation efficiency fundamentals are also presented. Due to
diffusional interactions of unlike molecules in a multicomponent mixture, the individual component
efficiencies can be unequal and unbounded. This brings further complexity to the efficiency prediction
methods.
2.1

Binary distillation efficiencies

The overall column efficiency is the ratio of the number of theoretical trays to the number of real trays
in the column.
E oc =

N tc
N rc

(1)

Usually efficiencies differ from one column section to another. There may be several feed or product
streams, different type of trays may be used, or the column diameter may vary in the same column.
Therefore it may be reasonable to calculate different efficiency for each column section. The column
section efficiency is the ratio of the number of theoretical trays to the number of real trays in a given
column section.
E os =

N ts
N rs

(2)

The Murphree tray efficiency is the ratio of the actual change in the average vapor composition to the
change that would occur, if the vapor leaving the tray was in equilibrium with the liquid leaving the
tray. The Murphree vapor phase tray efficiency is the most commonly used efficiency definition, and it
is the only one with practical importance. The Murphree tray efficiency is defined as follows in terms
of vapor composition.

E mv =

y n - y n-1
*

y n - yn-1

(3)

where
*

yn = m xn + b

(4)

Point efficiency describes the approach to equilibrium at a point on the tray. Because there are
concentration gradients in the liquid flowing on the tray, point efficiency is not constant on the tray.

11
Point efficiency is defined as follows.
E ov =

y n - y n-1
*

y n - y n-1

(5)

where y* = mx+b, and x is the local liquid concentration at the point on the tray.
2.2

Factors affecting efficiencies

The factors that affect efficiencies can be divided into three groups: the structural factors, the functional
factors, and the system factors and physical properties.
Structural factors that affect efficiencies are for example flow patterns, tray types, outlet weirs,
downcomers, and tray spacing. Functional factors are for example flow regimes, pressure drop, liquid
entrainment, liquid weeping and channelling, flooding, capacity and turndown ratio, and eddy
diffusivity. System factors and physical properties are for example surface tension, liquid and vapor
density, diffusion coefficients, concentration, viscosity, relative volatility, pressure, and temperature.
2.3

Prediction methods for efficiencies

There are many factors that affect efficiencies, and the phenomena taking place inside a distillation
column are complicated. A small change in some parameter value may have a considerable effect on
other parameter values and column functioning. Consequently the prediction of efficiencies is very
difficult.
2.3.1 Experimental data
Experimental data from the laboratory or pilot distillation experiments or from industrial distillation
columns provide the most reliable way to estimate distillation efficiencies. Whenever available, such
data should be preferably used in the efficiency prediction of the distillation column to be constructed
or designed.
Fair et al. [8] found out that the efficiencies obtained from the laboratory measurements in the
Oldershaw columns are good approximates to the point efficiencies of the industrial columns. In a
small-diameter Oldershaw column, the point efficiencies can be determined directly, since it can be
assumed that the liquid phase is completely mixed, and consequently point efficiency is equal to the
Murphree tray efficiency.
2.3.2 Empirical methods
Drickamer and Bradford [9], O'Connell [10], and Bakowski [11] have presented empirical correlations
for estimating the overall column efficiency. MacFarland et al. [12] have presented two empirical
correlations for predicting the Murphree tray efficiency.
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2.3.3 Theoretical methods
The derivation of the overall column efficiency Eoc from the point efficiency Eov and the effect of
different factors on different efficiencies are shown in Fig.1.

Figure 1.

Order of prediction of the efficiencies and the effect of different factors on efficiencies [13].

Point efficiency
The basis for the theoretical prediction methods for point efficiencies is in the two-film or tworesistance theory of mass transfer.
Point efficiency can be calculated from the number of overall vapor phase transfer units as
follows.

E ov = 1 - e

- NTU ov

(6)

The number of overall vapor phase transfer units can be expressed as a function of the number of vapor
phase transfer units, the number of liquid phase transfer units, and the stripping factor. Eq.(7) is based
on the two-resistance theory of mass transfer.

NTU ov =

1
1
NTU v

+

S
NTU l

(7)
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Stripping factor S is defined as follows.

S=

mV
L

(8)

NTUov, NTUv, and NTUl, are defined as follows.

NTU ov = K ov a t v

(9)

NTU v = k v a t v

(10)

NTU l = k l a t l

(11)

There is a number of correlations for calculating the numbers of vapor and liquid phase transfer units.
Murphree tray efficiency
Because point efficiencies Eov are not very useful in practice, they are converted to the Murphree tray
efficiencies Emv.
If the liquid on the tray is perfectly mixed and there are no concentration gradients on the tray, the
Murphree tray efficiency is equal to the point efficiency Eov that is measured from any point of the tray.
However, in practice liquid is never perfectly mixed on the tray, and concentration gradients exist. For
example on the cross-flow tray with a large diameter and correspondingly a long liquid flowpath,
concentration gradients increase the Murphree tray efficiency. The extreme of incomplete liquid
mixing on the tray is plug flow of liquid with no lateral liquid mixing on the tray.
Gautreaux and O’Connell [14] used the idea of Kirschbaum [15] to divide a tray into n perfectly
mixed liquid pools. They derived the following relation between the Murphree tray efficiency and the
point efficiency.
n


SE
ov 
 - 1
E mv = 1/S  1 +
n 



(12)

The number of perfectly mixed pools can be calculated using Eq.(13) of Williams et al. [16].

n=

Pe + 2
2

(13)

Peclet number Pe describes the ratio of liquid transport and longitudinal liquid mixing. Hence it is a
measure of the degree of liquid mixing on the tray.
Column section and overall efficiency
When the Murphree tray efficiency has been calculated, it is used for the calculation of the apparent
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e
Murphree tray efficiency E mv
, which takes into account the recycle effect of the liquid entrainment.

Now the column section efficiencies can be estimated using Eq.(14) [17]. After the section efficiencies
have been calculated, the column overall efficiency can be calculated from Eq.(1).
E os =

2.4

ln [1 + E emv (S - 1)]
ln S

(14)

Multicomponent distillation efficiencies

The theory and prediction of binary distillation efficiencies and the factors affecting them apply
generally to multicomponent efficiencies too. In binary distillation the point efficiencies of each of the
two components are identical and in the range of 0–100%. In multicomponent distillation, the
individual component efficiencies may be different and in the range [–∞,+∞].
The calculation methods for the multicomponent mass-transfer equations of Maxwell [18] and
Stefan [19] and for the heat-transfer equations [20, 21, 22, 23, 24] have been developed since the
beginning of 1960’s. At that time the methods were not useful, since they require a lot of calculation
effort. Today the modern computers have made the use of these calculation methods possible, but since
there is lack of experimental multicomponent distillation data, the methods have not been reliably
tested.
The application of the Maxwell-Stefan mass-transfer theory to the multicomponent mixtures
leads to some interesting observations. In a multicomponent mixture, the diffusion rate of the
component depends not only on its own concentration in the mixture, but also on the concentrations of
other components. This may lead to coupling and interaction of the mass transfer among various
components. Some examples are [25]:
1.
Reverse diffusion – mass transfer opposite to the concentration gradient.
2.
Diffusion barrier – no net mass transfer even though a concentration gradient exists.
3.
Osmotic diffusion – mass transfer in the absence of a concentration gradient.
The interactions between the chemically different species in the multicomponent mixtures result in
different component efficiencies and unboundedness of the component point efficiencies. This means
that the component point efficiencies can be in the range [–∞,+∞].
The multicomponent efficiency prediction methods are based on the theoretical binary efficiency
prediction methods.
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DISTILLATION EFFICIENCIES OF AN INDUSTRIAL-SCALE i-BUTANE/n-BUTANE FRACTIONATOR

In Paper 2 performance testing of an industrial-scale i-butane/n-butane fractionator was carried out.
The column specifications are given in Table 1 and the column performance data in Table 2. Various
methods were applied to predict the efficiencies of this column, and the results were compared with the
observed (experimental) efficiencies. The aim was to compare different efficiency prediction and
efficiency scale-up methods against industrial data, and thus find reliable methods for practical design
purposes. The scale-down of efficiencies and the calculation of the numbers of vapor and liquid phase
transfer units from the performance data were also important parts of Paper 2.
Table 1.

Table 2.

Column specifications [2].
column height, m
column diameter, m
number of trays
type of trays
weir length (side), m
weir length (center), m
liquid flow path length, m
active area, m2
downcomer area (side), m2
downcomer area (center), m2
tray spacing, m
hole diameter, mm
total hole area, m2
outlet weir height, mm
tray thickness, mm
number of valves per tray

51.8
2.900
74
2-pass Ballast V-1 valve
1.859
2.885
0.967 per pass
4.9
0.86
0.86
0.600
39
0.922
51
2
772

free fractional hole area, %

18.82

Performance data (product flow rates are adjusted) [2].
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Efficiency prediction methods can be divided into four groups [26]. Methods from all of these groups
were tested .
1. Field performance data from a similar column or system. This is the preferred route to predict
efficiencies but, unfortunately, such data are only seldom available from open literature.
2. Empirical correlations which usually calculate the column overall efficiency. These correlations
are usually conservative and have not been validated against large-scale data.
3. Theoretical mass-transfer models are used to predict point efficiencies, which are then related to
the Murphree tray efficiencies using theoretical or empirical methods.
4. Point efficiencies are predicted using laboratory or pilot plant efficiency data. Small laboratory
Oldershaw columns have been found to give point efficiencies almost equal to point efficiencies
on large industrial trays. The point efficiencies from the small-diameter column are related to the
Murphree tray efficiencies of a large industrial column by using theoretical or empirical models,
which take into account tray dimensions and hydraulics.
The number of ideal trays for the i-butane/n-butane column was found to be 88 plus the total condenser
and reboiler. The number of actual trays was 74, and consequently the overall column efficiency is
118.9%.
In the simulations liquid phase activity coefficients were calculated using the UNIFAC group
contribution method. Antoine equation for vapor pressures was used. Vapor phase fugacity coefficients
were computed using the original Soave modification of Redlich–Kwong equation (SRK).
The column composition profiles and temperatures, physical properties, and some column
performance and structural data from each tray were used to predict efficiencies using different
prediction methods. Equations (15) and (16) were used to calculate the composition of the light key
component i-butane in the pseudobinary i-butane/n-butane mixture.
Y LK =

y LK
y LK + y HK

(15)

X LK =

x LK
x LK + x HK

(16)

Pseudobinary i-butane composition is needed in the calculation of the slope of the equilibrium curve m
from Eq.(17).
m=

3.1

Y LK,n+ 1 - Y LK,n
X LK,n+ 1 - X LK,n

(17)

Observed efficiencies, numbers of transfer units, and liquid phase resistances

The observed Murphree tray efficiencies, point efficiencies, and numbers of overall vapor phase
transfer units for each tray were determined using the following procedure.
1. The number of overall vapor phase transfer units NTUov for each tray is calculated using the

17
AIChE [27, 28] correlations for NTUv, and NTUl and Eq.(7).
2. The NTUov values are multiplied with a constant, which is the same for each tray.
3. Eq.(6) is used to calculate point efficiency for each tray. Here it is assumed that point efficiency
is constant on the tray.
4. The method of AIChE [27, 28] is used to calculate the Murphree tray efficiency for each tray.
Molnar's [29] correlation is used for the eddy diffusivity De, which is needed in the AIChE
method.
5. Entrainment effects are taken into account by using the method of Colburn [30] to calculate the
apparent Murphree tray efficiency for each tray.
6. The apparent Murphree tray efficiencies for each tray are used in rigorous column simulation.
7. If the calculated and observed product compositions are not equal, the multiplication constant in
step 2 is changed and the calculations are repeated.
This procedure is continued until the calculated and observed product compositions are equal. The
observed NTUov, Eov, and Emv are those which are used in the final iteration round. For the i-butane/nbutane fractionator the average observed NTUov, Eov, and Emv values were found to be 1.71, 81.9%, and
119.1%, respectively.
The numbers of vapor and liquid phase transfer units (NTUv and NTUl) were determined using a
method based on the dispersion theory. The method of Chen and Chuang [31] for determining the
numbers of vapor and liquid phase transfer units from experimental distillation data was developed for
total reflux conditions. Therefore the method was modified in order to make it applicable to practical
distillation conditions, and the following correlations were obtained for NTUv and NTUl.

m p ρv Ml
NTU v = NTU ov  1 +

q ρl Mv


 Dv 
 
 Dl 

q ρl Mv
V
NTU l = NTU ov  m +
L 
p ρv Ml

 Dl 
 
 Dv 

0.5






(18)






(19)

0.5

The equations are almost the same as in the method of Chen and Chuang. The only difference is that
the NTUl equation now contains the factor V/L, the ratio of the molar vapor flow rate to the molar liquid
flow rate.
NTUv, NTUl, and LPR for each tray were calculated using the respective Equations (18), (19), and
(20). The average value for NTUv was 2.22, for NTUl 7.39, and for LPR 23.46%.

LPR =

S
NTU l + S
NTU v

(20)
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3.2

New method for determining the numbers of vapor and liquid phase transfer units

A new semiempirical method for the prediction of the numbers of vapor and liquid phase transfer units
was developed. In the model development the contributions of the mass-transfer coefficients kv and kl,
the interfacial area a, and the vapor and liquid residence times tv and tl were taken into account. The
NTU correlations are based on the fundamental Equations (10) and (11). The mass-transfer coefficients
kv and kl were determined using Higbie's [32] penetration theory, and the vapor and liquid residence
times were determined in the same way as Chen and Chuang [33].
Zuiderweg's [34] correlation for the interfacial area a in the emulsion regime was used in the
model development. Zuiderweg used surface tension and the vapor and liquid momentum fluxes as the
main variables. His interfacial area correlation was derived using the FRI data [35, 36] for the systems
cyclohexane/n-heptane and i-butane/n-butane.
Finally the following correlations for NTUv and NTUl were obtained.
0.5
 Dv Q l ρ 0.5

v ρl 

=
NTU v C v 

 hcl W σ


0.5

1.5
 M v V   D l ρ l Q l 

NTU l = C l 
0.5
 M l L   hcl W σ ρ v 

(21)

0.5

(22)

Combining Equations (7), (21), and (22) gives the following equation for the overall number of vapor
phase transfer units.
0.5

 D v Q l ρ 0.5
v ρl 

=
NTU ov C v 


 hcl W σ

0.5

0.5


m
(
 1 + C v M l Dv ρ v ) 
0.5

C l M v ( D l ρ l ) 


-1

(23)

The two constants Cv and Cl are obtained by fitting Eq.(23) to the experimental tray efficiency data.
The method can be applied to hydrocarbon mixtures operating in the froth regime.
3.3

Comparison of different efficiency prediction methods

Results from different efficiency prediction methods are given in Table 3. The methods of AIChE [27,
28], Dieter and Hundertmark [37], Harris [38], Hughmark [39], Chan and Fair [40], Kuzniar et al. [41],
Chen and Chuang [33], Zuiderweg [34], Stichlmair [42], and the method presented in this study are
based on the calculation of the numbers of transfer units, i.e. they are theoretical methods. The methods
of MacFarland et al. [12], Drickamer and Bradford [9], O'Connell [10], Chu et al. [43], and Bakowski
[11] are empirical. The Oldershaw data [8] are obtained from the experiments carried out using a
laboratory-scale distillation column. Industrial data are from the pilot plant experiments of Sakata and
Yanagi [35] for the same system. As can be seen, different methods give widely differing results. Some
methods are a lot too conservative and some are too optimistic. It is not a surprise that the most
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consistent results with the observed efficiencies are given by the efficiency data from the similar
distillation column configuration and system. The results from some theoretical efficiency prediction
methods are also in very good agreement with the observed results. The point efficiencies measured
from a laboratory Oldershaw column are a little too conservative.
Some interesting conclusions can be drawn from the comparison results. The forty years old
AIChE method succeeds well in predicting efficiencies and the required number of trays. All the
empirical methods for the overall column efficiency and for the Murphree tray efficiency fail in the
predictions. The usual assumption of a constant Murphree tray efficiency of 70% would be totally
erroneous for the column studied.
Table 3.

Results from different efficiency prediction methods [2].

average
NTUV

AIChE [27, 28]
Kuzniar et al. [41]
Hughmark [39]
Chan and Fair [40]
Dieter and Hundertmark [37]
Harris [38]
Zuiderweg [34]
Stichlmair [42]
Chen and Chuang [33]
Correlations (21) and (22)
Scale-down based on dispersion theory
MacFarland et al. [12]
Drickamer and Bradford [9]
O'Connell's [10]
Chu et al. [43]
Bakowski [11]
Oldershaw data [8]
Corrected Oldershaw data [8, 26]
Industrial data [35]

2.56
0.82
1.20
2.74
3.10
4.03
2.30
1.55
1.41
3.09
2.22

average
NTUL

4.20
3.63
12.88
4.20
4.20
8.06
0.94
2.26
5.70
3.17
7.39

average
NTUOV

1.57
0.67
1.10
1.65
1.76
2.66
0.66
0.91
1.13
1.55
1.71

average
EOV

average
average apparent
LPR
Emv

Lewis
[17]
EOC

required
simulated number
EOC
of trays

%

%

%

%

%

79
49
67
81
83
93
50
60
68
79
82

38
19
9
40
43
34
71
41
20
50
23

114
61
91
117
121
143
62
78
92
113
119
26

114
61
90
117
121
143
62
79
92
113
119
26
76
80
80
63
96
102
117

111
61
90
117
122
138
62
79
92
113
119

79
144
98
75
72
64
141
112
96
78
74

96
100
114

92
88
77

70
73
81

96
102
118
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EFFECT OF TWO-PASS TRAYS ON DISTILLATION EFFICIENCIES

In Paper 3 an important structural factor that affects distillation efficiencies, the liquid flowpath length,
was investigated. Performance and efficiency data of an industrial-scale i-butane/n-butane distillation
column, equipped with two-pass trays, were used as a basis for the calculations.
4.1

i-Butane/n-butane column

The Murphree tray efficiencies were calculated for the one-pass and two-pass trays. First the point
efficiencies were calculated for each tray using the NTU Equations (21) and (22) and Equations (6) to
(8). The point efficiencies were then related to the Murphree tray efficiencies using the method of
perfectly mixed pools [14]. Molnar’s [29] eddy diffusivity correlation was used in the Peclet number
calculation. For the calculation of the one-pass tray Murphree tray efficiencies, the geometry of a twopass tray was converted to the geometry of a one-pass tray by keeping the active tray area and the
column diameter constant. The liquid flowpath length for the one-pass trays was 1.81 m (0.97 m for
two-pass trays) and the outlet weir length was 2.27 m (average 2.37 m for two-pass trays). The
different liquid distribution phenomena of one-pass and two-pass trays were not taken into account.
The Murphree tray efficiencies for one-pass and two-pass trays obtained using the Equations (21) and
(22) and the observed two-pass tray efficiencies [2] are given in Fig.2. The results show that the longer
liquid flowpath length of one-pass trays corresponds to higher Murphree tray efficiencies.

140
one-pass tray

Murphree tray efficiency

130
120
110
two-pass tray
(observed)

100
two-pass tray

90
80
1

9

17

25

33

41

49

57

65

73

tray

Figure 2.

Murphree tray efficiencies of the i-butane/n-butane fractionator for one-pass and two-pass trays
calculated using the Equations (21) and (22). The observed two-pass tray efficiencies are from
Klemola and Ilme [2]. [3]
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4.2

MTBE column

The performance testing of an industrial-scale MTBE purification column was carried out. The column
was equipped with 14 two-pass trays in the stripping section and with 14 one-pass trays in the
rectifying section. The liquid flowpath length for the one-pass trays was 1.350 m and for the two-pass
trays 0.567 m. The simulations were carried out for real trays using a simulator which can update
efficiencies while solving the column model. Point efficiencies were calculated using the NTU
correlations of Chan and Fair [40], and the point efficiencies were related to the Murphree tray
efficiencies using the mixed pool model of Gautreaux and O’Connell [14]. The eddy diffusivities were
calculated using the method of Welch et al. [44]. The individual component Murphree tray efficiencies
for each tray are given in Fig.3. The simulated composition profiles were in good agreement with the
measured composition profiles, which indicates that the calculated Murphree tray efficiencies are
correct. The efficiencies for one-pass trays (trays 1–14) are considerably higher than the efficiencies for
two-pass trays (trays 15–28).
400

Murphree tray efficiency, %

350
300
methanol

water
250
200
150

water
trans-2butene

100

MTBE

50
i-butane

0
0

10

20

30

tray number

Figure 3.

Murphree tray efficiencies of the MTBE column with one-pass trays above the feed and twopass trays below the feed [3].
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CALCULATION METHODS FOR THE NUMBERS OF TRANSFER UNITS ON SIEVE TRAYS

In paper 4 calculation methods for the numbers of transfer units (NTUs) on a distillation tray were
reviewed and compared. The methods consist of a group of empirical or theoretical correlations for
calculating clear liquid height, froth height, and residence times. The correlations were collected to a
Fortran subprogram compatible with the process simulator Flowbat. The simulator was used to
calculate the numbers of transfer units, clear liquid heights, froth heights, compositions of liquid phase,
and the point and the Murphree tray efficiencies for the systems i-butane/n-butane, cyclohexane/nheptane and ethanol/water. The calculated compositions and efficiencies were compared with
experimental values.
There are various calculation methods for estimating the numbers of transfer units for sieve and
bubble cap trays, but only little information is available about how useful these models are, and how
accurately the methods will predict efficiencies in different systems. The methods are based either on
empirical, theoretical, or semi-theoretical correlations.
The calculation methods were tested simulating distillation columns for the systems i-butane/nbutane, cyclohexane/n-heptane, and ethanol/water using point and Murphree tray efficiency
calculation, and by comparing the measured and calculated compositions and Murphree tray
efficiencies. The experimental data for i-butane/n-butane and cyclohexane/n-heptane columns are from
Sakata and Yanagi [35]. The diameter of the column was 1.2 m, and there were 10 sieve trays.
Experimental data of the ethanol/water system have been determined by Halmu [45]. The column
diameter was 0.25 m, and it had 12 sieve trays.
Table 4 gives the calculated numbers of vapor and liquid phase transfer units, the calculated
numbers of overall vapor phase transfer units, the point efficiencies, the Murphree tray efficiencies, the
clear liquid heights, and the froth heights for the systems studied.
In view of the comparison, it is recommend that the NTU calculation methods should only be
employed to the same chemical systems and to the same type of trays for which the methods were
originally developed. Large columns were used in the development of the methods of Dieter and
Hundertmark [37], Zuiderweg [34], Chan and Fair [40], Koziol and Mackowiak [49], and Chen and
Chuang [33]. The methods of Weiss and John [47], Kuzniar et al [41], and Koziol and Mackowiak [49]
are suitable for valve trays. The method of Koch and Koziol [48] was developed for sieve trays with a
hole size larger than the hole sizes of the trays tested here. The method of Zuiderweg [34] was derived
from a small database, and it should be used only for hydrocarbon systems. The results show that the
method of Chan and Fair [40] is the most suitable method for different systems. It is not the most
accurate method for all systems, but it gives reasonable results, which are accurate enough for design
purposes. The method is developed for sieve, bubble, and valve trays.
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Table 4.

Calculated numbers of transfer units, calculated point efficiencies and Murphree tray
efficiencies, observed Murphree tray efficiencies, calculated clear liquid heights, and froth
heights.
i-Butane/n-butane column

Method
AIChE [27]
Dieter and Hundertmark [37]
Hughmark -65 [46]
Hughmark -71 [39]
Weiss and John [47]
Stichlmair [42]
Kuzniar et al. [41]
Koch and Koziol [48]
Zuiderweg [34]
Chan and Fair [40]
Koziol and Mackowiak [49]
Chen and Chuang [33]

NTUl
calculated
5.75
5.74
6.58
0.92
2.62
3.38
3.98
2.26
2.74
4.42
3.03
2.34

NTUv
calculated
1.97
2.51
2.58
1.58
2.48
1.45
2.04
1.13
3.22
2.57
0.88
3.25

NTUl
calculated
10.35
10.44
7.24
2.27
2.52
7.29
6.35
3.20
2.46
8.13
5.05
1.60

NTUv
calculated
1.20
1.65
1.54
1.62
2.37
1.00
1.18
0.33
2.51
1.52
0.83
2.03

Eov
calculated
0.76
0.81
0.83
0.41
0.69
0.62
0.72
0.51
0.74
0.79
0.48
0.71

Emv
calculated
0.91
0.99
1.02
0.46
0.83
0.73
0.87
0.58
0.89
0.96
0.55
0.85

Emv
observed
1.08
1.08
1.08
1.08
1.08
1.08
1.08
1.08
1.08
1.08
1.08
1.08

hf
hcl
calculated calculated
cm
cm
5.87
0.00
5.87
0.00
5.87
15.11
0.00
0.00
8.85
8.85
2.58
11.54
5.04
14.66
2.02
1.79
4.87
0.00
4.51
0.00
2.57
11.60
4.21
0.00

Cyclohexane/n-heptane column
Method
AIChE [27]
Dieter and Hundertmark [37]
Hughmark -65 [46]
Hughmark -71 [39]
Weiss and John [47]
Stichlmair [42]
Kuzniar et al. [41]
Koch and Koziol [48]
Zuiderweg [34]
Chan and Fair [40]
Koziol and Mackowiak [49]
Chen and Chuang [33]

Eov
calculated
0.67
0.76
0.73
0.58
0.68
0.59
0.64
0.26
0.69
0.73
0.51
0.58

Emv
calculated
0.75
0.88
0.83
0.65
0.78
0.65
0.72
0.27
0.79
0.83
0.56
0.65

hf
calculated
cm
0.00
0.00
14.30
0.00
9.17
8.99
15.41
0.00
0.00
0.00
9.07
0.00

Emv
observed
0.78
0.78
0.78
0.78
0.78
0.78
0.78
0.78
0.78
0.78
0.78
0.78

hcl
calculated
cm
4.54
4.54
4.54
0.00
4.54
1.89
3.94
1.15
3.73
3.54
1.88
3.23

Emv
observed
0.68
0.68
0.68
0.68
0.68
0.68
0.68
0.68
0.68
0.68
0.68
0.68

hf
hcl
calculated calculated
cm
cm
3.11
0.00
3.11
0.00
3.11
14.15
0.00
0.00
1.53
11.61
2.24
8.64
1.80
16.97
1.04
0.39
1.63
0.00
1.85
0.00
2.23
8.70
1.00
0.00

Ethanol/water column
Method
AIChE [27]
Dieter and Hundertmark [37]
Hughmark -65 [46]
Hughmark -71 [39]
Weiss and John [47]
Stichlmair [42]
Kuzniar et al. [41]
Koch and Koziol [48]
Zuiderweg [34]
Chan and Fair [40]
Koziol and Mackowiak [49]
Chen and Chuang [33]

NTUl
NTUv
Eov
Emv
calculated calculated calculated calculated
18.36
0.85
0.55
0.56
18.20
1.42
0.72
0.73
6.98
1.37
0.67
0.68
6.26
1.59
0.66
0.67
2.60
3.03
0.65
0.67
12.89
0.77
0.54
0.55
7.02
1.35
0.61
0.62
7.05
0.35
0.28
0.28
2.16
0.75
0.40
0.40
10.82
1.55
0.70
0.71
14.74
1.98
0.81
0.83
0.69
0.86
0.25
0.26
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BENCH-SCALE EXPERIMENTS WITH TAME FOR THE COMPARISON OF TWO CATALYTIC
DISTILLATION PACKING ARRANGEMENTS

In the open literature there is only very little information available about the performance of the
catalytic distillation column internals. However, such information would be highly desirable for the
modeling and design purposes. It is also very important to have information about the significance of
the simultaneous separation and reaction in the catalyst section.
Some experimental studies have been carried out to determine the mass-transfer characteristics of
a bale catalytic distillation packing (Smith [50]). Zheng and Xu [51] measured the gas and liquid film
and liquid–solid mass-transfer coefficients for the bale packing using inorganic reagents. Recently the
hydrodynamics and efficiency of a catalytic distillation bale packing were studied using the tertiary
amyl alcohol preparation as an example system (Subawalla et al. [52], González and Fair [53] and
González et al. [54]).
In Paper 5 two types of catalyst packing arrangements for a catalytic distillation column were
tested. The first of the arrangements was a fixed catalyst bed through which liquid flowed downwards
and reacted simultaneously. The bed was made of small Amberlyst 15 ion-exchange resin pellets. The
second catalyst packing was a structured packing made of a carpet-like ion-exchange resin. The
catalytic activity in both of the catalysts comes from the sulfonate groups attached to the polymer
matrix. In the fixed bed packing arrangement there was no significant vapor–liquid contact (the
separation efficiency of the catalyst packing was negligible). The structured carpet catalyst packing had
some separation function (reasonable separation efficiency).
The performance of these catalyst arrangements was tested for the decomposition and production
of tert-amyl methyl ether (TAME). In this way the performance of two packing types, one with no
distillation function and one with relatively good distillation function, was tested under both
equilibrium limited and kinetically limited conditions. The height equivalent of a theoretical plate
(HETP) for the structured carpet packing was measured in order to determine the separation efficiency
of the packing. The results from the experiments with the reactive TAME system were compared with
the reaction rates predicted by a model developed in a CSTR reactor under ideal mixing conditions. A
mass-transfer model for the structured carpet catalyst was developed and used in the simulation of the
test results. The catalytic efficiencies for both packing types were determined by comparing the
experimental results and the results from the calculations under ideal conditions.
6.1

The packings tested

Arrangement 1 is a simple fixed bed through which liquid is flowing downwards. In this catalyst
arrangement there is no significant vapor–liquid contact, because vapor bypasses the catalyst bed by
flowing upwards through the vapor chimney. However, the structure is extremely simple, and because
the vapor chimney is a straight pipe, its pressure drop is low and its diameter can be kept small. Thus in
this arrangement it is possible to pack a larger amount of catalyst to a given column section than in the
structured catalyst packing arrangements, which provide efficient vapor–liquid contact but require
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more free cross section for the vapor channels.
Arrangement 1 may be assumed to be suitable for a system with a relatively slow reaction and
with the equilibrium preferably on the product side. Under such circumstances long contact time with
catalyst is needed in order to approach the reaction equilibrium. It is also not necessary to separate
reaction products continuously from the mixture. It is sufficient to make the product separation every
now and then in separate inert column sections between the catalyst beds.
Arrangement 2 is a structured catalytic distillation packing, which provides vapor–liquid contact
inside the catalyst section. The packing was made of a carpet-like ion-exchange resin supported by a
stainless steel wire mesh. The carpet is made of very thin polymer fibers, and the sulfonate groups are
on the surface of these fibers. Geometrically the catalyst section was composed of concentric catalyst
carpet cylinders separated by spacers, which provided approximately 3–5 mm wide annular space
between the cylinders for the vapor passage.
If the reaction involved is very fast and severely equilibrium limited, the use of the carpet catalyst
may be justified. In such a system, the amount of catalyst needed is not big, but the reaction products
should be constantly removed from the reaction section.
6.2

Experimental results

Three properties of the catalyst arrangements were tested:
–
Reaction rates in TAME decomposition as a function of the liquid flow rate through the catalyst
packing.
–
Reaction rates in TAME formation as a function of the liquid flow rate through the catalyst
packing.
–
Height equivalent of a theoretical plate (HETP) in ordinary distillation (n-hexane/cyclohexane) as
a function of the liquid flow rate through the catalyst packing (this test was performed only for
the carpet catalyst).
Fig.4 shows the most important result of the experiments, the TAME decomposition rate as a function
of the column internal flow rate.
The catalytic efficiency of the carpet catalyst in the decomposition of TAME is quite high on the
reaction rate per mass of catalyst basis (Fig.4b). Probably this resulted from better mass and heat
transfer between gas and liquid phases in the carpet catalyst bed than in the fixed catalyst bed. Because
the density of the carpet catalyst is low, the volume of the column section packed with the carpet
catalyst becomes quite high, and thus the reaction rate per unit volume is lower for the carpet catalyst
bed than for the pellet catalyst bed (Fig.4c).
The purpose of the experiments with a binary mixture n-hexane/cyclohexane was to find out the
vapor–liquid mass-transfer performance of the packing. This system was selected, because it is very
nearly ideal, the heat of vaporization is almost constant, and all necessary data were available. The
HETP values of the carpet catalyst packing varied between 0.38 and 0.51 m.
The TAME production rate in the fixed bed is much lower than the TAME decomposition rate,
but the difference is considerably smaller than in the case of the carpet catalyst. Because of the low
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reaction rates in the TAME production experiments, these results are less reliable than the results from
the decomposition of TAME.

a
Figure 4.

6.3

b

c

TAME decomposition rates in different experiments: a) absolute rates, b) rates per kg of
catalyst, c) rates per m3 of catalyst [5].

Catalyst efficiencies

The catalyst efficiency can be defined as follows [5].

η cat =

amount of catalyst needed in ideal system
actual amount of catalyst

(24)

The efficiency of the pellet type catalyst varied between 55% and 90% in the TAME decomposition
experiments. The highest efficiencies were achieved with the highest liquid flow rates. This is not a
surprise, because the catalyst section is more completely wetted when the liquid flow rates are high.
The variation was larger for the TAME production experiments, but this may be due to larger errors in
the experimental results.
For the carpet catalyst the simulation of the bed is not as easy as for the pellet type catalyst
because of the countercurrent vapor–liquid mass transfer, which takes place in the packing. A masstransfer model was developed for the carpet catalyst packing with the following assumptions.
–
The carpet is only partially wetted, and thus both vapor and liquid phases are present in every part
of the carpet layer.
–
The vapor–liquid and liquid–solid mass-transfer areas inside the carpet are very large due to the
large total surface area of the fibers. Hence in any tiny area inside the carpet, the vapor and liquid
are in vapor–liquid and thermal equilibrium.
–
The distance from the outer surface of the carpet to the inner parts of the carpet is sufficient to
cause a significant mass-transfer resistance. The mass transfer from the surface of the carpet to
the inner layers of the carpet takes place in parallel through gas and liquid phases. This is a
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difference to the standard film model in which the mass-transfer resistances are in series. Vapor is
assumed to flow relatively little inside the carpet, at least in the horizontal direction. Vapor
movement inside the carpet takes place only due to diffusional mass-transfer and thermal effects.
–
There is an additional mass-transfer resistance in the boundary layer of the vapor channels and
the outer surface of the carpet.
This rather complicated model was simplified by assuming that the mass-transfer resistances at the
vapor–liquid and liquid–solid interfaces are negligible inside the carpet. Then the model was
implemented to the Flowbat simulator. The catalyst efficiencies in the TAME production experiments
for the structured carpet catalyst varied between 30% and 100%.
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OPTIMAL CATALYTIC DISTILLATION PACKING ARRANGEMENT FOR THE PRODUCTION OF
ETHERS - STRUCTURE AND DESIGN

In Paper 6 catalytic distillation in general and the applications for the production of gasoline octane
enhancer ethers were discussed. Existing commercial catalytic distillation packing structures were
presented. The properties of a good catalytic distillation packing and some practical aspects and
problems related to catalytic distillation packings were discussed.
A simple method to optimize the catalyst amount and placement in the column and to select a
proper catalyst packing for a catalytic distillation column was presented. The qualitative expressions
such as a catalytic distillation packing with high, medium, or low separation efficiency may all have
their counterparts among the existing packings having such properties. Economic optimization may be
carried out keeping in mind that the high-separation-efficiency catalytic distillation packings are more
expensive than the low-separation-efficiency catalyst packings.
Five catalyst packing arrangements for the production of TAME were used in the testing. All the
packing arrangements can be realized in practice. The second generation non-equilibrium model of
Taylor et al. presented in Taylor and Krishna [55] was used in the simulations. The feed goes through a
relatively efficient prereactor before entering the column, and thus the feed of the column contains a
significant amount of TAME. This mixture of hydrocarbons, TAME, and methanol is fed to the lower
part of the column. Additional methanol is fed to the upper part of the column. The column is
operated in such a way that the bottom product is almost pure TAME, and the inert hydrocarbons and
the excess of reactants go to the top of the column. The packing arrangements are depicted in Fig.5.
The target was to produce almost pure TAME with a isoamylenes to TAME conversion of 90%,
with no methanol in the bottoms product, and no TAME in the overhead product. By trial and error,
the catalyst amount needed to meet the desired specifications was minimized by altering the catalyst
amount on a column section, and by keeping the bottom product purity constant. The required catalyst
amounts obtained from the simulations are shown in Table 5.
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Figure 5.

Catalytic distillation packing arrangements for the five cases [6].

Table 5.

Amounts of catalyst needed to achieve 90% TAME conversion [6].

Case

Distribution of the catalyst in
the catalyst section

Total amount of
catalyst/kg

Specified conversion 90%
(TAME)

1

High separation efficiency
catalyst packing

1380

reached

2

Top section:
350 kg low-separationefficiency catalyst packing
Other sections:
1000 kg high-separationefficiency catalyst packing

1350

reached

3

Three beds with lowseparation-efficiency catalyst
packing

1965

reached

4

Top section:

17255

not reached, 88.5%

8300

not reached, 85%

One bed with low-separationefficiency catalyst packing
5

Bottom section:
One bed with low-separationefficiency catalyst packing
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An optimization algorithm was combined directly to the reactive distillation module of Flowbat. The
condition for optimum was such that the change of conversion per amount of catalyst added to the
stage is the same for all separation stages containing catalyst. This condition is reasonable, when the
costs of adding catalyst to any of the separation stages are the same. In reality, however, the structure
of the catalyst packing is different for different ratios of separation efficiency and catalytic efficiency.
Hence the costs of adding catalyst to the different column sections may vary.
When the amount of catalyst in different column sections has been solved, the result is converted
to the actual design by selecting a suitable catalytic or inert packing for each section. The result of the
optimization shows that the minimum amount of catalyst needed in the test case is 1260 kg, and the
amount of catalyst on each ideal stage varies between 50 and 70 kg (Fig.6). This variation is so small
that in practice it is certainly reasonable to use the same amount of catalyst on each stage instead of
trying to follow the optimal distribution exactly.

Figure 6.

Optimal catalyst distribution [6].
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COMBINED PRODUCTION OF tert-AMYL METHYL ETHER AND HIGHER ETHERS USING CATALYTIC
DISTILLATION

In Paper 7 the combined production of TAME and higher ethers in industrial scale is used as an
example case to test the applicability of high- and low-separation-efficiency catalyst packings both
technically and economically. In addition to catalytic distillation, the technical and economical
evaluations were also done to two other process designs, the conventional fixed bed reactor and
distillation design and the side reactor design.
The combined production of TAME and higher ethers is a new way to fulfill the oxygenate
demand in reformulated gasoline. FCC light gasoline containing high amounts of C5 to C7 reactive
olefins is combined with methanol in the presence of acidic ion-exchange resin to produce TAME and
higher ethers. In the future there is a strong incentive to convert higher olefins together with
isoamylenes to ethers in order to reduce the gasoline vapor pressure, increase the oxygen content, and
further increase gasoline octane number. The etherification reactions are equilibrium limited. In order
to achieve higher conversions, separation of ethers from unreacted olefins and methanol has to be
carried out, and the catalyst contact for the unreacted mixture must be rearranged. Three such process
designs were compared: the conventional fixed bed reactor and distillation design, the catalytic
distillation design, and the side reactor design. These designs were simulated, and their technical and
economical feasibilities were assessed.
The primary reactor stage will give isoamylenes to TAME conversion of about 70 %, THEXME
(ether from reactive C6 and methanol) conversion of about 35 %, and THEPME (ether from reactive
C7 and methanol) conversion of about 25 %. To achieve higher conversions of the reactive olefins, a
conventional multiple stage reactor plus separation design or some special reactor design is used. Two
such special reactor designs were presented, the reactive distillation design and the side reactor design.
The three designs are presented schematically in Figures 7 to 9.

Figure 7.

Fixed bed reactor and distillation process [7].
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Figure 8.

Catalytic distillation process [7].

Figure 9.

Side reactor process [7].

Technically all the three process designs were feasible giving about 130% equivalent TAME
conversion (in catalytic distillation the case of high-separation-efficiency catalyst packing was used).
The annual profit for the refinery producing 2.25⋅106 tons a year reformulated gasoline was calculated
for each arrangement. The basis for the calculations was the case where all the oxygen content is
achieved by adding purchased MTBE. The annual profit for this case was set to 0 dollars/year. The best
profit (0.8 million dollars/year) was given by the side reactor arrangement. The profit for the catalytic
distillation arrangement was also positive. The conventional fixed bed reactor and distillation design
was economically not feasible. However, the profitability is very sensitive to the bulk chemical prices.
Some important aspects were not taken into account in the economic evaluation. For example the vapor
pressures for TAME and higher ethers are much lower than the vapor pressure of MTBE, which is a
significant advantage.
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The performance of high-separation-efficiency catalyst packing was simulated by placing 10400 kg of
catalyst evenly on 13 ideal stages. In the case of low-separation-efficiency catalyst packing, 10400 kg
of catalyst was placed on one ideal stage. As a result the equivalent TAME conversions for the highand low-separation-efficiency catalyst packings were 130% and 120%, respectively. The profitability
of the high-separation-efficiency catalyst packing was also better. The conversions of TAME,
THEXME, and THEPME, and the resulting equivalent TAME conversions based on the oxygen
content for the seven cases are given in Fig.10. The annual profit for each case is given in Fig.11.

Figure 10.

Conversions of TAME, THEXME, and THEPME, and the resulting equivalent TAME
conversions (based on the oxygen content) [7]. The cases were: Catalytic distillation with highseparation-efficiency catalyst packing and no methanol recovery (CD1); Catalytic distillation
with high-separation-efficiency catalyst packing and with methanol recovery (CD2); Catalytic
distillation with high-separation-efficiency catalyst packing and no methanol recovery (CD3);
Fixed bed reactor and distillation process with three secondary reactors (FB1); Fixed bed reactor
and distillation process with two secondary reactors (FB2); Fixed bed reactor and distillation
process with two secondary reactors but with higher amount of methanol recycled than in case
FB2 (FB3); Side reactor process (SR1).

Figure 11.

Annual profit for each case (prices June 1996) [7].
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